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A semibatch gas-liquid reactor model based on a lumped kinetic scheme for  the 
liquid-phase oxidation of p-xylene to p-toluic acid catalyzed by cobalt naphtenate 
is developed. The model accounts for  the complex nature of the involved reaction 
network, as well as f o r  the interphase and intraphase mass transport processes of 
both reactants and products. The model reliability is tested by comparison with 
suitable experimental data obtained in a semibatch oxidation reactor, where the role 
of the composition of both the gaseous and the liquid feed has been investigated. 
It is shown that the model describes the reactor behavior in any of the regimes which 
may prevail depending upon the operating conditions and the depletion of liquid 
reactants in time. 

introduction 
Several industrial petrochemical processes are based on the 

liquid-phase catalytic oxidation of organic compounds by mo- 
lecular oxygen, which can be either homolitic or heterolitic, 
depending upon the mechanism of oxygen activation (cf. 
Emanuel and Gal, 1986). Homolitic oxidation processes (for 
example, cyclohexanone and cyclohexanol from cyclohexane, 
terephtalic acid from p-xylene) have received great attention 
in the literature with particular emphasis on the catalytic system 
(that is, catalyst and promoter concentration, nature of the 
solvent, reaction temperature, and so on) and its influence on 
the oxidation rate (cf. Sheldon and Kochi, 1981; Raghaven- 
drachar and Ramachandran, 1992). In large-scale reactors, the 
oxidation rate is in general determined by the simultaneous 
occurrence of chemical reactions and interphase and intraphase 
transport processes. The interactions between mass-transfer 
resistances and chemical reactions has been extensively ex- 
amined in the context of gas-liquid absorbers (cf. Astarita et 
al., 1983), where the focus is on the overall uptake of the 
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gaseous component, rather than on the product composition 
in the liquid phase. Accordingly, the available approximated 
solutions of the diffusion-reaction problem refer to very simple 
kinetic schemes, such as two parallel or consecutive reactions, 
and provide only the overall absorption rate of the gaseous 
reactant (cf. Doraiswamy and Sharma, 1984). Unfortunately, 
these results cannot be used to describe the product distribution 
in liquid-phase catalytic oxidations, whose kinetic mechanisms 
in general are rather complex (cf. Emanuel and Gal, 1986). 

On the other hand, the formulation of detailed kinetic models 
of the oxidation process which describe all the involved ele- 
mentary reactions and all the intermediate products is not 
desirable in practice. This is mainly because the estimation of 
the kinetic parameters of the elementary reactions by fitting 
of the experimental data cannot be performed when the con- 
centrations of the participating components (that is, the radical 
species in the liquid phase) cannot be measured. In addition, 
the development of simulation models for gas-liquid oxidation 
reactors requires the solution of the diffusion-reaction equa- 
tions in the film at the gas-liquid interface as well as the con- 
tinuity equations for both gaseous and liquid bulk phases (cf. 
Carra and Morbidelli, 1987). Then in order to keep low the 

AIChE Journal 1156 July 1994 Vol. 40, No. 7 



computational effort, we need to adopt simplified (or lumped) 
kinetic schemes. This issue has been widely addressed in the 
literature (for example, Cavalieri d’Oro et al., 1980 forp-xylene 
oxidation; Chen et al., 1985 for o-xylene oxidation; Morbidelli 
et al., 1986 for ethylbenzene autoxidation; Krzysztoforski et 
al., 1986 for cyclohexane oxidation) with the goal of formu- 
lating lumped kinetic schemes which are simple but yet provide 
a description of the product distribution sufficient to evaluate 
the performance of industrial processes. 

It is well established that the oxidation reaction of alkyl- 
aromatics is zeroth-order with respect to oxygen, as long as 
the oxygen partial pressure does not drop below a minimum 
value. In most cases this limit is given by 50-100 Torr (cf. Uri, 
1961; Mill and Hendry, 1980). This is a direct consequence of 
the specific chain radical mechanism followed by these oxi- 
dation reactions, and in particular of the higher reactivity of 
the methyl radical with respect to that of the peroxide radical. 
Indeed, in the operating conditions of practical interest, the 
reaction rate is usually sufficiently large to lead to complete 
oxygen consumption somewhere in the liquid film. Thus, in 
this region the reaction order with respect to oxygen becomes 
larger than zero. However, as discussed by Morbidelli et al. 
(1984) and (1986), the contribution of this portion of the liquid 
film to the overall conversion in the reactor is so small that 
the zeroth-order kinetic model can be confidently used to sim- 
ulate the performance of gas-liquid oxidation reactors. 

The oxidation process can be either chemically rate limited 
or mass-transfer limited. At sufficiently high partial pressure 
of oxygen, the chemical rate controls the overall process and 
the apparent activation energy is usually in the range of 15- 
25 kcal/mol. On the other hand, at low oxygen partial pressure 
mass transfer may be the controlling process and the overall 
activation energy drops to about 3-5 kcal/mol (cf. Doraiswamy 
and Sharma, 1984). In this case the global reaction rate of the 
oxidation process depends upon oxygen partial pressure. In 
particular, in the case of liquid-phase oxidation of methyl- 
ethylketone with air in a bubble column. Hobbs et al. (1972) 
found that at certain temperature values two zones where the 
overall oxidation rate is chemically and mass-transfer con- 
trolled can coexist in the column. The oxidation process in 
these two zones was simulated using two distinct kinetic models 
assuming zeroth- and first-order with respect to oxygen partial 
pressure, respectively. In the case of p-xylene oxidation cat- 
alyzed by cobalt naphtenate, Jacobi and Baerns (1983) have 
studied the effect of oxygen mass-transfer limitations on both 
the overall oxidation rate and the product distribution. A single 
kinetic model able to represent all the data could not be found. 
In fact the rate of p-xylene consumption was found to be 
proportional to the second power of p-xylene concentration 
in the chemically controlled regime, while a more complex 
expression, including the oxygen partial pressure as well as the 
p-xylene concentration, was proposed in order to represent the 
kinetic data in the presence of oxygen transfer limitations. 
These interpretations appear to be somehow contradictory be- 
cause it is difficult to accept on physical grounds that a single 
kinetic model for the liquid-phase oxidation reactions is not 
sufficient, when coupled with a proper description of the mass- 
transfer processes, to describe the reactor behavior in all pos- 
sible operating regimes. 

In this work we consider the liquid-phase oxidation of p-  
xylene to p-toluic acid, catalyzed by cobalt naphtenate. This 

reaction has important practical implications since it consti- 
tutes the first step of the industrial process for the production 
of terephtalic acid. A lumped kinetic scheme is developed which 
accounts for the most important intermediates and final prod- 
ucts of the process. All the involved reactions are assumed to 
be zeroth-order with respect to the gaseous reactant and first- 
order with respect to the liquid reactant. The developed reactor 
model, which accounts for the interphase and intraphase mass 
transport processes of both reactants and products, allows for 
the description of the reactor behavior in any of the regimes 
(that is, chemical or mass-transfer controlled) which may pre- 
vail depending upon the operating conditions. The reliability 
of the developed kinetic model is illustrated by comparison 
with experimental data obtained in a semibatch oxidation re- 
actor where both the gas and the liquid phase are well mixed. 

Experimental Procedure and Setup 
The experimental setup used in this work is shown in Figure 

1. The jacketed glass reactor was maintained at the desired 
temperature through forced circulation of water or diathermic 
oil; both the liquid and the gaseous phase were continuously 
stirred. The system was also equipped with a condenser in 
order to ensure complete condensation and recycle of the evap- 
orated compounds. The reactor temperature was continuously 
recorded during the experimental runs through a thermocou- 
ple. In a typical experimental run, the reactor was charged 
with 200 cm3 of p-xylene and 200 cm3 of methyl benzoate. 
After the temperature reached the desired value, the catalyst 
(0.3 cm3 of cobalt naphtenate) and a small amount of p-to- 
lualdehyde (6 cm3) were added. The gas (pure oxygen or air) 
was then continuously fed through the liquid. Methyl benzoate 
was used as a solvent in order to prevent the precipitation of 
p-toluic acid, which otherwise occurred in a crystalline form 
at conversions greater than about 15%. The reaction products 
were analyzed by high-pressure liquid chromatography 
(HPLC), equipped with a UV array detector and a reverse 
phase column (SPHERISORB ODS2) packed with unpolar CIS- 
hydrocarbons on silica gel (particle size 5 pm, column length 
25 cm) and using cumene as internal standard. The column 
was operated at room temperature. A gradient elution was 
adopted to optimize the separation of the products. In par- 
ticular, an eluent mixture of 17% methanol, 25% acetonitril, 
0.1% phosphoric acid, and 58% water was fed into the column 
for 15 min followed by a mixture of 17% methanol, 44% 

L I 

Figure 1. Experimental setup. 
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Table 1. Operating Conditions for the Experimental Runs 

Run T("C) C& (mol/kg,d c;*m (mol/kg,,,) Pgo, (atm) W P m )  

1 80 4 0.11 1 800 
2 80 4 0.11 0.21 800 
3 90 4 0.11 1 800 
4 90 4 0.11 0.21 800 
5 100 4 0.11 1 800 

6 100 4 0.11 0.21 800 
I 100 6 0.11 I 800 
8 105 4 0.1 1 1 800 
9 105 4 0.11 0.21 800 

10 110 4 0.11 1 600 

11 110 4 0.11 1 800 
12 110 4 0.11 1 1 ,OOo 
13 110 4 0.11 0.21 800 
14 120 4 0.11 1 800 
15 120 4 0.11 0.21 800 

acetonitril, 0.1% phosphoric acid, and 39% water. The flow 
rate of the mobile phase was 1.2 mL/min. 

As summarized in Table 1, the experimental runs were car- 
ried out at six temperatures (80,90, 100, 105, 110, and 120"C), 
two different initial values of p-xylene concentration (4 and 6 
mollkg sol), while maintaining fixed the initial p-tolualdehyde 
concentration (0.11 mol/kg sol). Each run was performed up 
to conversion values of about 18% in order to prevent the 
formation of higher oxidation products. The reproducibility 
of the experimental runs was verified by repeating each of 
them at least twice. By repeating the experimental run 11 with 
various stirring speeds (runs 10 and 12), we found that the 
influence of this variable on the product distribution was neg- 
ligible and therefore all the other runs were performed at 
800rpm. The main products of the oxidations were: p-tolu- 
aldehyde (TALD), p-toluoalcohol (TALC), and p-toluic acid 
(TA). 

Lumped Kinetic Scheme and Reactor Modeling 
Several detailed mechanisms for p-xylene liquid phase cat- 

alytic oxidation have been proposed in the literature (cf. Eman- 
uel and Gal, 1986). In general, these are based on the classical 
free radical chain mechanism involving initiation, propagation, 
catalytic propagation, and termination steps. However, as dis- 
cussed in the introduction, the proposed mechanisms are quite 
complex, and the development of kinetic models, which de- 
scribe in detail each elementary reaction, appears to be not 
feasible in practice, due to both experimental and computa- 
tional difficulties. 

Therefore, by taking into account only the reactions leading 
to the most important intermediate and final products ac- 

where XY stands for p-xylene, TALD for p-tolualdehyde, TA 
for p-toluic acid, TALC for p-toluoalcohol, and each reaction 
involves the addition of 1/2 02. Note that in this kinetic scheme 
the catalyst concentration does not appear explicitly. Its effect 
on the kinetics of the process has not been investigated in this 
work, where all the experimental runs have been performed 
at constant catalyst concentration. In order to account for the 
effect of this variable, one should suitably change the apparent 
kinetic constants of the lumped scheme. As discussed in the 
introduction, the kinetics of each of the lumped reactions above 
is assumed zeroth-order with respect to oxygen and first-order 
with respect to the liquid reactant. 

In developing the reactor model, it is necessary to describe 
the transport of oxygen from the gas phase to the liquid phase 
where reactions (Eq. 1) occur. This is done by using the film 
model (cf. Carra and Morbidelli, 1987), which, accounting for 
the evaporation at the gas-liquid interface and assuming iso- 
thermal conditions, can be written in dimensionless form as 
follows: 

with boundary conditions (BCs) for the dissolved oxygen: 

XY 5 TALD 9 TA 

and for the volatile liquid reactants: 

TALC 

(3) 

cording to the experimental evidence, the following lumped 
kinetic scheme for p-xylene oxidation to p-toluic acid is pro- 
posed: 

- x=o 

at x= 1 (6) 

where +if, &, +i; represent the dimensionless concentration for 
the ith component in the liquid film, in the liquid bulk and at 
the gas-liquid interface, respectively. The dimensionless rate 
of the j th reaction is given by p,f, = k, 4Jk/kl ,  where +k = ck/ (1) 
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C,O is the dimensionless concentration of the liquid reactant in 
the jth reaction. The dimensionless quantities are defined as 
follows: 

(7) 

where the meaning of all the symbols is reported in the no- 
tation. Due to the specific form of the reaction rate f,, the 
steady-state film model above can be solved analytically. The 
obtained solution is rather cumbersome and then only the 
portion relative to component XY and TA is reported in Table 
2. 

The dimensionless mass balances for the ith liquid reactant 
and for oxygen in the bulk liquid phase can be written as 
follows: 

with initial conditions: 

where 

The term F, (4:r)x=o in Eq. 8 represents the mass flux of liquid 
reactant leaving the liquid film at the gas-liquid interface x= 0, 
which is condensed by the condenser and recycled back to the 
liquid bulk in the reactor. 

All the calculations were carried out by neglecting the partial 
pressure of the liquid reactants in the gas phase, that is, a, = 0 
in the BCs (3, and assuming the oxygen partial pressure equal 
to the inlet value. This assumption was checked a posteriori, 
by verifying, through appropriate gas mass balances, that the 
oxygen depleted in the gaseous phase was only a small per- 
centage (at most 5 % )  of the fed oxygen. The steady-state film 
model Eqs. 2-6 and the overall liquid mass balances (Eqs. 8- 
11) were solved simultaneously using a standard numerical 
package (IMSL MathILibrary, 1989). 

It is worth mentioning that, when dealing with zeroth-order 
reactions, care must be taken in setting all the reaction rates 
equal to zero when the oxygen concentration in the liquid film 
drops to zero. This situation occurs when the reaction is very 
fast compared to the diffusion rate of the gaseous reactant in 

Table 2. Analytical Solution of the Steady-State Film Model (Eqs. 2-6) for the Lumped Kinetic Scheme (1): 
A = XY, B = TALD, C = TA, and D = TALC 
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the liquid film. In this case, the reaction goes to completion 
within the liquid film, while for slower reaction rates, it takes 
place both in the liquid film and in the liquid bulk. When the 
reaction rate is much slower than the rate of diffusion, most 
of the reaction occurs in the liquid bulk and the contribution 
of the reaction in the liquid film may be neglected. These three 
regimes have been identified and separately described by Hash- 
imoto et al. (1968) for the case of two consecutive reactions 
both taken as first-order with respect to the liquid reactant 
and zeroth-order with respect to the dissolved gaseous species 
and more recently by Landau (1990) for a single gas absorption 
accompanied by zeroth-order chemical reaction. 

In order to describe in a continuous fashion the transition 
between these regimes, which may occur during a single re- 
action batch due to the depletion of the liquid reactants, a 
unified approach to the evaluation of oxygen mass transfer 
has to be introduced (Servida et al., 1994). This is based on 
the comparison between the oxygen flux entering the liquid 
bulk and the maximum possible rate of oxygen consumption 
in the liquid bulk. Three situations may arise. 

The oxygen flux is larger than the maximum pos- 
sible rate of oxygen consumption in the liquid bulk, that is: 

Case 1. 

In this case the reactor is in the chemically controlled regime. 
Most of the oxidation process occur in the liquid bulk, since 
the oxygen entering the liquid bulk is sufficient to sustain the 
reaction. The oxygen concentration in the liquid bulk is larger 
than zero, and the liquid mass balances (Eqs. 8-9) retain their 
original form. 

The oxygen flux is smaller than the maximum 
possible rate of oxygen consumption in the liquid bulk, that 
is: 

Case 2. 

NR 

- 2 ( 2 )  <a! Ha2 cpIf, 
x =  I J =  I 

In this case the oxidation process occurs both in the liquid film 
and in the liquid bulk. All the oxygen entering the liquid bulk 
is depleted by the oxidation reactions and its concentration is 
then equal zero. The amount of oxygen consumed by each 
reaction is computed according to its relative rate with respect 
to that of all the others. Thus, the liquid mass balances (Eqs. 
8-9) take the following form: 

NR 

(14) 

Pk f k  
x = l  /=I 

k =  I 

Case 3. 
film, so that: 

Oxygen is completely depleted within the liquid 

In this case no reaction occurs in the liquid bulk, and also the 
film (Eqs. 2-6) needs to be modified by considering that only 
in a portion of the liquid film (that is, the reactive liquid film) 
the reaction is taking place. This situation is discussed in detail 
by Servida et al. (1994) but it is not pursued here any further 
since it never arose in the experimental runs considered in this 
work. 

It is worth noting that the model equations above contain 
a large number of physicochemical parameters which need to 
be evaluated in order to compare the model results with the 
experimental data. Most of the parameters, with the exception 
of the rate constants of the four lumped reactions (Eq. 1) and 
the liquid phase mass-transfer coefficient kP, have been eval- 
uated from independent literature relationships. The obtained 
values of the physicochemical parameters, together with the 
values of the operating conditions and of the dimensionless 
model parameters, are summarized in Table 3 for the exper- 
imental run 11. The reaction rate constants and the liquid film 
mass-transfer coefficient have been evaluated by comparison 
with the experimental data as described in the next section. 

Comparison with Experimental Data 
In order to better understand the behavior of the reactor, 

it is convenient to first consider the overall oxygen uptake, 
Uo2 computed through the following relationship: 

where CTALD, CTA and CTA,, represent the experimentally meas- 
ured concentrations of the reaction products. A typical plot 
of the overall amount of oxygen consumed in the liquid phase 
as a function of time is shown in Figure 2 for different tem- 
perature values. From the slope of these curves it is possible 
to obtain at each time value, the overall rate of oxygen uptake, 
Ro,. In particular, the initial uptake values, R:?, obtained at 
time t = 0, are shown in Figure 3 as a function of temperature. 
Note that two sets of experimental data are reported, depending 
upon whether pure oxygen or air was fed to the reactor, but 
all involving the same initial composition of the liquid phase. 

From the Arrhenius-like plot of R& as a function of tem- 
perature shown in Figure 3, some interesting conclusion about 
the reactor operating regimes can be drawn. At low temper- 
ature values, the reactor operates in the chemically controlled 
regime. The rate of oxygen uptake is the same whether pure 
oxygen or air is used, thus confirming that the chemical re- 
action is zeroth-order with respect to oxygen. Moreover, the 
apparent activation energy is equal to about 15 kcal/mol, that 
is, a value typical of oxidation reactions. Note that this value 
is in good agreement with those reported in the literature for 
p-xylene oxidation in the presence of water (cf. Hronec and 
Ilavsky, 1982; Hronec et al., 1985; Hronec and Hrabe, 1986). 
On the other hand, at higher temperature values diffusional 
limitations become important. These arise first in the experi- 
ments performed with air, as indicated by the deviation from 
linearity exhibited by the corresponding data in the Arrhenius 
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Table 3. Model Parameter Values for Experimental Run 11 

0.4 - 
A - 

0.3 - 
x, - 
E - 0.2 - 

Parameter Value Reference 
- 

2.5 cm-I Sridhar and Potter (1980) a, c 3.9 x lo-’ m o ~ . c m - ~  
D, 3.4 x lo-’ cm2.s-l Wilke and Chang (1955) 

Wilke and Chang (1955) DO2 
H O ,  4.4 x lo5 cm’.atm.moI-’ 
Ha 7.7 x lo-’ 
kYXY 9.9 x lo-’ m o ~ . s - ‘ ~ a t m - ’ . c m - ~  Newman (1931) 
~ ~ T A L D  9.3 x lo-’ mol.s-’.atm-’.cm-2 Newman (1931) 
k, TA 8.7 x lo-’ m o l . s - ’ . a t m - l . ~ m - ~  Newman (1931) 
 TALC 9.2 x lo-’ mol.s-’.atm-’.cm-2 Newman (1931) 
k& 0.048 m o l . ~ - ’ . a t m - ’ ~ c r n - ~  Newman (1931) 

0 atm 
PSXY 0.44 atm Reid et al. (1977) 

0.074 atm Reid et al. (1977) P~TALD 
0 atm Reid et al. (1977) P ~ T A  

PTTALC 0.04 atm Reid et al. (1977) 
PP02 1 atm 
6 2.11 x cm 
Ef 
Pi 0 . 9 8 ~  low3 kg,,,.cm-’ 
Pi 7 . 9 6 ~  lo-’ mol.cm-’ 

9.85 x LO-’ cm2.s-’ 

0.9 Carra and Morbidelli (1987) 

A 0 0 

A 0 

o A 
0 

0 
0 A 

plot in Figure 3. A further support is given by the apparent 
activation energy value, which can be estimated from the two 
data at higher temperature for air oxidation as given by about 
4 kcal/mol, a value typical of mass-transfer limited processes. 
The experimental data relative to pure oxygen seem to lie on 
the same straight line on the Arrhenius plot in Figure 3, thus 
indicating that in this case the reactor operates in the chemically 
controlled regime in the entire temperature range. This be- 
havior can be explained by considering that the maximum 
possible rate of mass transfer in the runs with oxygen is about 
five times larger than that for the runs with air. Accordingly, 
since diffusional limitations for the runs with air occur when 
R:,=0.0025 mol/kg,,, min, we could expect the same limita- 
tions to occur when the rate of oxygen consumption is roughly 
five times larger. This could be obtained either at higher tem- 

perature values (presumably at T -  130°C) or at larger catalyst 
concentration values. Neither of these conditions has been 
investigated experimentally in this work. 

As mentioned earlier, our aim is to represent all the obtained 
experimental data with a single model which covers all possible 
regimes of the reactor. In order to obtain a reliable estimate 
of the involved physicochemical parameters, it is convenient 
to adopt the following procedure, which is suggested by the 
observations about the reactor regime reported above. First, 
we evaluate the rate constants of the four lumped reactions 
(Eq. 1) by considering only the experimental data using oxygen 
in the feedstream, where diffusional resistances are not in- 
volved. For this we use the model above with Hu=O, which 

1 0  A 

1. 
w.w I 

0 2 0 0  4 0 0  6 0 0  8 0 0  

Time (min) 
Figure 2. Overall oxygen uptake, UOz, as a function of 

time for different temperature values: runs 1, 
5, and 14 in Table 1. 

. A A i r -  
- Model Predictions 

.OOO1 
0 . 0 0 2 5  0 . 0 0 2 6  0 . 0 0 2 7  0 . 0 0 2 8  0 . 0 0 2 9  

1IT (1IK) 

Figure 3. Comparison between calculated and experi. 
mental values of the initial uptake rate of ox- 
ygen, RO$ as a function of temperature and 
oxygen partial pressure: runs 1 to 6, 8, 9, 11, 
and 13 to 15 in Table 1. 
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h - 
0 
v) 

S 
0 
0 

Model Predictions - 0.5 

. 0 TALD 
0.4 - 0 TA 

. A TALC 

0.3 - 

0.2 - 

0.1 

0.0 
0 . 0 4  0 . 0 8  0 . 1  2 0 . 1 6  

p-Xylene Conversion 

Figure 4. Comparison between calculated and experi- 
mental values of the product concentrations 
as a function of pxylene conversion: run 11 
in Table 1. 

then reduces to a homogeneous model. Moreover, we first 
consider the evolution of the product composition using p- 
xylene conversion rather than time as the independent variable, 
as shown in Figure 4. It is readily seen that these data depend 
on the ratios of the rate constants rather than on the absolute 
rate constants themselves. Thus, using a nonlinear least-square 
procedure, the values of the reactivity ratiosp, = kz /k , ,  p3 = k3/ 
k ,  and p4 = k,/k, are estimated at each temperature value. A 
typical comparison between model results and experimental 
data is shown in Figure 4, while the estimated values of the 
reactivity ratios are summarized as a function of temperature 
in Table 4, together with the corresponding value of the average 
percentage error, 9 ,  arising from the fitting procedure. Note 
that all the experimental runs considered refer to the same 
values of initial concentration of p-xylene and p-tolualdehyde, 
that is, 4 and 0.11 mol/kg sol, respectively. 

Next, the value of the rate constant k ,  has been estimated 
by fitting the evolution of the product composition as a func- 
tion of time, and using the reactivity values in Table 4. The 
obtained values of k ,  at each temperature value are reported 
in Table 4, together with the corresponding average percentage 
error, q2. The comparison between model results and measured 
data is shown in Figures 5a-f, where it can be seen that the 
obtained agreement is in general satisfactory. It is worth men- 
tioning that, even though not shown here, also the experimental 
runs with air in the feed streams, which fall in the chemically 

controlled regime (that is, runs 2, 4, 6, and 9 in Table 1) are 
equally well reproduced by the model. This allows us to con- 
clude that the lumped kinetic scheme (Eq. 1) retains a level of 
process description detailed enough to characterize the distri- 
bution of the most important final products. Moreover, from 
the Arrhenius plot shown in Figure 6a, it can be seen that the 
absolute values of the rate constant k ,  in Table 4 lie on a 
straight line whose slope provides an apparent activation en- 
ergy value of 14.6 kcal/mol, which is in good agreement with 
those reported in the literature (cf. Bang and Chandalia, 1974 
for methyl-p-toluate oxidation; Chen et al., 1985 for o-xylene 
oxidation). Similar plots are obtained for the reactivity ratios 
p2, p3, and p4 as shown in Figure 6b. 

We can now turn to the evaluation of the liquid-phase mass- 
transfer coefficient, ky. In particular, we consider the experi- 
mental run at 110°C with air in the feedstream (that is, run 
13 in Table 1) where, as it is clearly seen in Figure 3,  the shift 
from the kinetic to the diffusion controlled regime is occurring. 
Since the reaction rate constants have already been estimated, 
the experimental data measured in these conditions are best 
suited to estimate the coefficient, ky. In particular, we use the 
complete heterogeneous model and estimate the parameter k,, 
(that is, Ha) by fitting the measured values of the oxygen 
amount absorbed in the liquid phase as a function of time, 
obtained by operating the reactor both with pure oxygen and 
air at 110°C as shown in Figure 7. It should be noted that the 
sought value of kl is a rather specific one since it makes the 
heterogeneous model predict the shift from the kinetic (oxygen 
run) to the mass-transfer regime (air run) by only changing 
the oxygen partial pressure in the BC (Eq. 3), while maintaining 
fixed the kinetic parameters, k , ,  k2, k3, and k4 estimated above. 
A comparison between experimental data and model predic- 
tions at llO"C, for the best fitting value of the liquid mass- 
transfer coefficient (kp = 2.8 cm/min) is shown in Figure 7 .  
This compares reasonably well with the values given by semi- 
empirical literature relationships, such as k f  = 4.86 cm/min 
obtained through the correlation of Calderbank and Moo- 
Young (1961). 

The value of kp at temperature values other than llO"C, can 
be estimated from the kl value obtained above using the fol- 
lowing relationship: 

k:=ki'O' (Zi) - 

which can be deduced from the correlations available in the 
literature for drops or bubbles in stirred solutions (cf. Cald- 
erbank and Moo-Young, 1961). We can now compute the 
initial rate of oxygen uptake, R;, as a function of temperature, 
by considering the reactor fed both with pure oxygen and air. 

Table 4. Estimated Values of the Kinetic Parameters of Lumped Kinetic Scheme (Eq. 1) 

7- ("C) k ,  x lo4 (min-') 72 (070) PZ = kJki  P3 = k d k ,  ~4 = kdki  91 (070) 

80 1.37 2.9 35.6 13.5 0.37 2.1 
90 2.33 6.3 32.8 15.1 0.41 6.6 

100 4.04 3.8 35.3 22.6 0.61 2.5 
105 6.54 3.3 32.7 19.9 0.50 3.5 
110 7.94 4.9 37.1 25.6 0.70 4.9 
120 12.5 1.4 41.1 23.7 0.76 7.4 
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Figure 5. Calculated vs. experimental values of product concentrations as a function of time for various temper- 
atures: runs 1 (a), 3 (b), 5 (c), 8 (d), 11 (e), and 14 (f) in Table 1. 
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The obtained values are compared with the corresponding ex- 
perimental data in Figure 3. Note that the transition from 
oxygen to air (that is, the effect of diffusion limitation) at 
110°C leads to a decrease of initial oxygen uptake R t 2  equal 
to about 20%. This corresponds to the data shown in Figure 
7 ,  which have been fitted with the model in order to estimate 
kp. On the other hand, at T = 120°C the change in the value 
of R;, is much larger, that is, about 40V0, and it is well predicted 
by the model. A detailed comparison of the measured and 
calculated product composition as a function of time is shown 
in Figure 8 for these two runs (that is, runs 13 and 15 in Table 
1). Moreover, for decreasing the temperature values, the re- 
actor enters the chemically controlled region and the model 
predictions become independent of the oxygen partial pressure. 
This is in agreement with the experimental data in Figure 3,  

0.6 I I 
Model Predictions 

0.5 
A Air 

Z [  
cn 0.4 

(Y 0.2 

9 01/ 

OS1 t # I 

0.0 I . I . 1 . I .  

0 2 5  5 0  7 5  1 0 0  1 2 5  1 5 0  
Time (min) 

Figure 7. Calculated vs. experimental values of overall 
oxygen uptake, U02,  as a function of time for 
oxygen partial pressures: run 11 (0) and run 
13 (A) in Table 1. 

where it can be seen that the initial oxygen uptake values, 
Rt,  measured when feeding the reactor with pure oxygen or 
with air are coincident. It is worth mentioning that the com- 
puted values of the Hatta number, range from 3.98 x at 
80°C to 9.14 x at 120°C. These are rather small values, 
in agreement with the common understanding which classifies 
p-xylene oxidation as a typical slow reaction. 

In order to test the assumption of first-order kinetics with 
respect to the liquid reactant for all the reactions in the lumped 
kinetic scheme (Eq. l), an experimental run in the chemically 
controlled regime with different initial p-xylene concentration 
has been considered. In particular, we consider pure oxygen 
feed, T =  100°C and the initial concentration ofp-xylene equal 
to 6 mol/kg sol, while that of p-tolualdehyde remains un- 
changed, that is, 0.11 mol/kg sol (run 7 in Table 1). Note that 
no parameter has been changed in the model, whose results 
should then be regarded as predictions of the actual reactor 
behavior. The comparison with the data measured experimen- 
tally is shown in Figure 9, where it is seen that the agreement 
is satisfactory (average percentage error 9 = 8.9%). 

Conclusion 
A model for the simulation of semibatch gas liquid reactors 

for p-xylene catalytic oxidation to p-toluic acid has been de- 
veloped. It is based on the lumping of the complex radical 
chain mechanism of the oxidation process into an appropriate 
kinetic scheme, whose reactions are assumed to be zeroth-order 
with respect to oxygen and first-order with respect to the liquid 
reactant. The model accounts properly for the zeroth-order 
kinetics by checking at each time if the oxygen flux entering 
the liquid bulk is sufficient to sustain the reaction, that is, it 
is larger or not than the maximum possible rate of consumption 
in the liquid bulk. This allows us to describe in a continuous 
fashion the transition which may take place in the reactor 
regime, depending upon the operating conditions and the de- 
pletion of the liquid reactants. With respect to previous studies 
on gas-liquid oxidation reactors (cf. Jacobi and Baerns, 1983), 
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Figure 8. Calculated vs. experimental values of product concentrations as a function of time: runs 13 (a) and 15 (b) 
in Table 1. 

the model developed in this work does not require to specify 
apriori the reactor operating regime, since it properly accounts 
for the interaction between chemical reactions and transport 
processes for all possible operating conditions. This allowed 
to verify that, at least for the oxidation process here considered, 
the experimental data are consistent with the zeroth-order ki- 
netics in the liquid phase, when diffusional limitations are 
properly accounted for. 
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Notation 
a, = gas-liquid interfacial area per unit volume, cm-’ 
C, = concentration of the ith component, mol/cm3 

C,D = reference concentration for the liquid phase, mol/cm3 
D, = diffusion coefficient of the ith liquid component, cm2/s 
f, = rI/r:  

H,, = Henry’s constant for oxygen, cm3 atm/mol 
Ha = Hatta number, (8 D,,/k: C,D)O.’ 
k, = rate constant for the j th reaction, min-l 
kp = oxygen liquid side mass-transfer coefficient, cm/min 
k,, = gas side mass-transfer coefficient for the ith component, 

mol. s - ’  .atm-I .ern-' 
N = rotating speed, rpm 

NR = reaction number 
p, = r: /ry=kI/kr  
p,, = partial pressure of the ith component, atm 
pr, = vapor pressure of the ith component, atm 
rI = rate of the j th reaction, mol/cm’s 

R,, = overall oxidation rate, mol/kg sol min 
R& = overall oxidation rate at r = 0, mol/kg sol min 

s = distance from the gas-liquid interface, cm 
t = time, s 

T = temperature, K 

x = s/6 
U,, = overall oxygen uptake, mol/kg sol 

0 5 0  1 0 0  1 5 0  2 0 0  

Time (min) 
Figure 9. Comparison between predicted and experi- 

mental values of product concentrations as a 
function of time: run 7 in Table 1. 

Greek letters 
(Y = ratio between the liquid bulk volume and the liquid film 

volume, (y a,d)/a$ 
6 = liquid film thickness, D0,/k,  cm 
c = k@$~@,/Do,  Cf 
er = liquid holdup 
7 = average percentage error 
9 = dimensionless time, t kfa,/(c,- a, 6) 

Y,, = stoichiometric coefficient of the ith component in the j th 

E, = DJDo, 
pf = density of the liquid mixture, kg,,,/cm3 
Cf = molar density of the liquid mixture, mol/cm3 
0, = k,, 6 p,,/Do, Cf 

reaction 
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7, = kgr 6 PJDo,  P c  
qin = dimensionless concentration of the ith component, C, /C,“ 
II. = kpo, 6 Ho,/Do, 

Subscripts 
f = liquid film 
g = gaseous phase 
i = component index 
j = reaction index 
P = liquid phase 

O2 = oxygen 

Superscripts 
o = reference or initial conditions 
* = gas-liquid interface 
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